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Multi-scale model considered the heat transfer, mass transfer, momentum transfer,
fluid flow with reactions together at different spatiotemporal scales for the riser reac-
tor of secondary reactions of fluid catalytic cracking gasoline (SRFCCG) process has
been preformed in this work. Micro-scale of kinetics in catalyst particles, meso-scale
of clusters, voids, dense phase, dilute phases, and heterogeneous structures in gas—
solid flow, and the macro-scale of product distribution over riser reactor have been
established using multi-scale modeling method and integrated by the multi-domain
strategy. The proposed model was solved with the software of EQUATRAN-G. Good
agreement between simulation results and the experimental data suggested that the
proposed model was well constructed and simulation exercise was successful. The
multi-scale model was capable of predicting heterogeneous structures of multi-phase
flow, reactor temperature profile, and product distribution of SRFCCG process. © 2009
American Institute of Chemical Engineers AIChE J, 55: 2138-2149, 2009
Keywords: fluid catalytic cracking gasoline, secondary reactions, olefin, eight-lump
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Introduction

Automotive exhaust remains one of the leading urban air
pollution sources and gains more social concern. The quality
indexes of gasoline produced by China are still in an unfav-
orable condition, such as high olefins content, high sulfur
content, high aromatics content, low octane number, and dark
color. As the key component of gasoline, olefins are harmful
not only for the stable performance of gasoline, but also for the
life-span of automobile engine, and their content is up to 40—
65 vol %, far beyond the new specification of less than 18
vol % olefins in gasoline. What’s more, photochemical reac-
tions of easily volatile olefins discharged by gasoline engines
have negative effects on the environment scale. Since emission
standards become increasingly stringent, production of clean
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fuel gasoline will be thus the primary means of suppressing air
pollution from mobile source emissions.

Over the past decades, significant research efforts have
been devoted in fluid catalytic cracking (FCC) gasoline to
produce clean fuel. As a successful way of reducing olefins
in FCC units, SRFCCG have gained more attention recently,
because not only they can minimum olefins and sulfur to
obtain clean gasoline, but also they can increase valuable
propylene and iso-butylenes significantly. Secondary reac-
tions for gasoline were initially proposed by John and
Wojciechowski' in 1975, and great efforts have been
devoted for this field by several researchers in recent years.

Shan and coworkers” reported an experimental study on the
secondary reactions of gasoline in a two-stage riser reactor.
Wang et al.® carried out an experimental study to satisfy the
increasing propylene yield by reprocessing FCC naphtha in an
auxiliary riser reactor. You et al.* preformed a nine-lump
kinetic model for the aromatization reaction of FCC gasoline.
Raymond et al.’ and Ye et al.® developed new catalysts for
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reducing FCC gasoline olefins, which selectively promoted
certain secondary reactions like olefins cracking and hydrogen
transfer by introducing special active substance into catalysts.
The authors’ proposed a new process for reducing gasoline
olefin and increasing propylene yield, which provided with
independent reaction time, reaction space, and favorable con-
ditions for FCC gasoline secondary reactions in a separate
riser reactor. Experimental study and molecular simulation
using method of Structure Oriented Lumping combined with
Monte Carlo for secondary reactions of FCC gasoline have
also been reported in our pervious works.®? An Eight-lump
kinetic model'® for SRFCCG has been proposed based on the
assumption of ideal plug flow.

It can be noted that past efforts made in the field of
secondary reactions of FCC gasoline have been limited to
the new technology development, experimental study, and
the kinetics. These researches did not take into account the
detailed information of mass transfer, momentum transfer,
heat transfer, especially for its heterogeneous structures in
the riser reactor of SRFCCG.

In fact, SRFCCG in the riser reactor is characterized by
thousands of reactions far away from chemical equilibrium,
high non-linearity and heterogeneity, close coupling and
multiplicity, bifurcation and dynamic behavior. However,
detail mathematic description for the riser reactor of
SRFCCG, which considers all these aspects comprehen-
sively, has not been reported yet. Hence, it is significant and
necessary to develop a new way to model SRFCCG system-
atically and to meet the worldwide need for FCC units of
producing clean fuel gasoline with low olefins.

For modeling multi-phase reactor, several methods have
been reported in available literatures, such as flow-reaction
model using Eulerian multi-fluid approach by Gao et al."'
and three-dimensional mathematical model using computa-
tional fluid dynamics techniques by Theologos et al.'? How-
ever, reactor model established by these methods focused on
the product distribution prediction at the macro-scale of
reactor size, without accounting for detailed information at
different spatiotemporal scales and their complex relation-
ship. On the other hand, as a new method to describe the
transfer phenomena, multi-scale relation and coupling of
multi-phase flow in fluidization bed, the energy-minimization
multi-scale (EMMS) model proposed by Li et al.'*' has
obtained many attentions recently. However, complex reac-
tion system has not been taken into account in their model.

From the above consideration, a new model which included
multi-phase flow, mass transfer, heat transfer, and momentum
transfer with heterogeneous catalytic reactions together for the
riser reactor of SRFCCG is proposed in this work. The objec-
tive of this work is to reveal the multi-scale characteristics of
non-linearity, non-equilibrium, unsteady state, and heteroge-
neous structure and to predict parameters of interest at differ-
ent spatiotemporal scales in the riser reactor of SRFCCG. It is
different from the traditional modeling methods for multi-
phase reactor, a multi-scale approach is first adopted to con-
struct a multi-scale model for the riser reactor of SRFCCG in
this work. Also, it is different from the strategy of EMMS
model, three subscale models, which are micro-scale of cata-
Iytic kinetics in catalyst particles, meso-scale of clusters,
voids, dense phase, dilute phases, and heterogeneous struc-
tures in gas—solid flow and macro-scale of reactor product
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distributions, have been established and integrated by multi-
domain strategy'® in the proposed multi-scale model. This
new model is solved with the software of EQUATRAN-G
developed by Omega Simulation, (OSC), Japan, and the
simulation results are compared with experimental data.

Multi-Scale Modeling Approach

Chemical engineering multi-scale approach first proposed
by Davis in 1901, has been widely used currently. Micro-
reactions in chemical engineering process are dominated by
interaction of diffident scales. Only in this way can it reach
ideal conversion and selectivity at the scale of reactor size,
then output qualified and low-cost products at the scale of
factory size, simultaneously minimize the negative effects on
the scale of environment size.

The system of SRFCCG is characterized by typically het-
erogeneous gas—solid two-phase flow and dissipative struc-
ture with non-linear, non-equilibrium, unsteady state, and
multi-scale nature. In this study, the system has been decom-
posed into following three subsystems based on the consider-
ation of structure and scale.

1 Micro-scale subsystem of catalytic kinetics in catalyst
particles. Micro-scale interaction is correlated with the cata-
Iytic cracking reaction of hydrocarbons vapor on catalysts,
which is complex parallel-series reaction in carbonium ion
mechanism. Reactions involved here are cracking, isomeriza-
tion, hydrogen transfer, aromatization, alkylation, condensa-
tion, and coke-formation reactions. Chemical potentials play
extremely important role in the micro-scale.

2 Meso-scale subsystem of cluster, voids, dense phase,
dilute phases, and heterogeneous structures in gas—solid
flow. Meso-scale interaction occurs in dispersed clusters
with dilute phase, dense phase, and inter-phase of the gas—
solid suspension. Because of the coalescence and breakup of
clusters, heterogeneous structures in gas—solid flow are
formed in the meso-scale. Meso-scale boundaries are the
local verges of dense phase and dilute phase.

3 Macro-scale subsystem of product distributions in riser
reactor. Macro-scale interaction is related with the interaction
in the overall riser reactor and the boundaries such as the inter-
nal wall borderlines, the inlet and outlet of riser reactor, and
inter-verges of core-annulus zone.

In this model, the ideal and non-ideal reactions between
lumps of SRFCCG have been taken into account at the
micro-scale of catalytic kinetics in catalyst particles. Two-
dimensional heterogeneous distributions of dynamic parame-
ters, such as voidage, gas velocity, solid velocity, gas—solid
slip velocity, coalescence and breakup of clusters, mass
transfer coefficient, energy consumption for suspending and
transporting catalyst particles, and inhomogeneous coefficient
have been considered at the meso-scale. Temperature profile
and product distribution along with the riser height have
been studied at the macro-scale. Assumptions required in
this model are that once stable state of the macro-scale sys-
tem is reached, dense phase and dilute phase keep exchang-
ing, clusters coalescing and breaking at a constant frequency,
and their volume fractions keep constant; it is also required
that the consuming or generating mass rate for each lump
during the secondary reactions is equal to the mass inter-
changing rate at micro-scale of catalyst particles. Sub-models
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of different scales are integrated into a multi-scale model by
multi-domain strategy.

Micro-scale subsystem model

Ideal and non-ideal reactions, including cracking, isomeri-
zation, hydrogen transfer, aromatization, alkylation, conden-
sation, and coke-formation reactions have been considered in
the micro-scale subsystem. The eight-lump kinetic model of
SRFCCG developed in our previous work is adopted selec-
tively to describe the complex reaction system. In this eight-
lump model, DG, LPG, LCO, COKE, and GL represent dry
gas lump (C1, C2), liquefied petroleum gas lump (C3, C4),
light cycle oil lump (>477 K), coke lump and gasoline lump
(C5+, —477 K), respectively, while GL lump is further
divided into paraffin lump (GP), olefin lump (GO), naph-
thene lump (GN), and aromatic lump (GA). Since vapor
residence time is very short, the reactions are far away from
chemical equilibrium under normal operating conditions;
thus, it is reasonable to treat all the reactions as first-order
ones. The effects of internal and external diffusion on reac-
tions have been eliminated. The catalyst decay is neglected
and active sites ideally distribute on the surface of catalyst.
A continuity equation in the riser reactor can be obtained:

Ip2; 9o\ _
(5o (5) ="

The disappearance rate of lump j is in direct proportion to
its mole concentration po; and the mass density of catalyst
to gas volume.

1= —Kj(pa) (L) @

&

Equation 3 can be derived from Egs. 1 and 2,

dpa; aj\ o (Pp
(5)ro (5= xwa () ®

When the stable state of SRFCCG is reached, the partial
derivative item in the left of Eq. 3 equals to zero. One can
be obtained that,

Oaj\ _ p
(s

Meso-scale subsystem model

Any location in the riser reactor can be divided into dense
phase, dilute phase, and inter-phase. The mechanisms of dif-
ferent scales inside the gas—solid flow lead to compromise
between gas flow and particle flow. Particles tend to main-
tain themselves as low as possible with minimum potential
energy, which leads to a maximal particle volume fraction in
the riser reactor. Meanwhile, the fluid motion tends to con-
sume minimum power for transporting and suspending par-
ticles per unit bed volume. Generally, neither the particles
nor the fluid can dominate the other’s tendency exclusively,
thus they have to compromise each other to reach a stable
state of the gas—solid two-phase flow system according to
Li’s theory.15 At the meso-scale, heterogeneous distribution
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of voidage, catalyst clusters, gas velocity, and particle veloc-
ity are induced by interaction between gas flow and particle
flow, consequently leading to the inhomogeneous distribution
of slip velocity, then resulting in heterogeneous distribution
of mass transfer coefficients at different scales.

Axial distribution of voidage

The axial distribution of voidage in a riser reactor is most
likely with an S-shaped profile consisting of a dense section
at the bottom and a dilute section at the top bridged by a
transition section in the middle and can be calculated by the
equation proposed by Kwauk and his coworkers.'”

— 1
In {8 3d:| =——(z—1z) 5)
& —¢& 20
with
18 Re, + 2.7 Rel687 0.0741
&g = 0.484 o ©
Ar
18 Rep +2.7 Rellj'687 0.02857
g =0.95 0
Ar
zo = 500 exp[—69 (& — &q)] ®

where z, is the characteristic length for axial voidage profile
and the inflection point of axial profile z; can be calculated by
the volume of catalyst particles in the riser reactor.

Radial distribution of voidage

Heterogeneous radial distribution of particle dense is a ba-
sic feature of gas—solid two-phase flow. As the cross-section
averaged concentration of catalyst particles keeps constant,
radial particle dense profile in the riser reactor can be deter-
mined by the corresponding normalized position ¢ = r/R
only. Radial distribution of voidage is as a function of the
normalized position only. Hence, equations for radial voi-
dage distribution proposed by Cheng et al.'® can be used.

6(r) = al + bl x L%} )
R
&= I%/ e(r) - rdr (10)

with
al =gy,bl = ¢y —al, n=—-2+2xbl x (E—al)"' (11)

Introducing Eqgs. 10 and 11 into Eq. 9, then expression of
&(r) can be obtained as:

L 2ewg) 5

&(r) = e + (ew — ) LL_J o (12)

where &y and &, can be determined by the corresponding e.
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£ = &mf t+ E—¢
0T 075 — ey (= &nr) (<075 (13)
Ew = Emf
go=1-042(1 —g)
E—emr (¢<0.75) @14
w = Emf + —— (£ —0.75
Ew Emf + 0.75 — Emf (‘5 )

Radial distribution of superficial gas velocity

Radial distribution of superficial gas velocity U, in a riser
reactor is characterized by a core-annulus structure, which is
an especially heterogeneous structure of higher gas velocity
in the core region and lower in annulus region. With increas-
ing solid flow rate, the drag force increases, leading to richer
gas in core region and denser particles in annulus region.
Additionally, the increase of gas velocity gives rise to the
increase of radial gas velocity and the decrease of the drag
force against upward gas flow for lower particle dense in the
riser reactor center, which co-result in faster increase of gas
velocity in core region than that in annulus region. Expres-
sion of Uy(r) by Cheng et al."® thus can be used.

71 —1.5+1/2.25-2(Ug—Uy)/ U,
Ug(r) = Ugo[1 = ] T )
where U, can be calculated by Uy, generally, which is 1-2
times larger than U,.

Slip velocity

Slip velocity U, is an important parameter for gas—solid
flows that it can be used to evaluate the level of mixture and
contact for gas and solid flow. It is correlated with the trans-
fers of mass, momentum, and the residence time distribution
of catalyst particles. The phenomenon that the slip velocity
is larger than the terminal fall velocity of the single particle
U, indicates that clusters exist in the riser reactor. More-
over, slip velocity between dense phase and dilute phase
makes the most contribution to the local slip velocity, from
which the correlation of local slip velocity with local voi-
dage can be derived. Hence, the local gas—solid slip veloc-
ities can be predicted with the correlation. Additionally, the
gas—solid flows are subject not only to mass and momentum
conservation but also to the stability condition of minimum
energy consumed for transporting and suspending with
respect to unit mass of particles according to EMMS model,
and following formulations can be obtained by simply refor-
mulating the basic equations of EMMS model."?

Usr) = Ua(r) == Upa [1 =700 (16)

Ua(r) = [Ug(r) = 22 Uy(r) = F(IUa)]/[1 )]

a7
Upa(r) = Up(r) /f(r) (18)
Us(r) = Uy(r) — g(r)g'(gp(r) (19)
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Consequently, U, can be obtained by reformulating
Egs. 16-19.

vy(r) =70 Ud(:()r; vt 20)

where, Uy and Ug; can be obtained from Egs. 21 and 22:

pd 0.687
0.15 {%] [Usa ()] 4 Usa(r)

21
T e’ (pp—pr)gdy _
1— ¢y 18u N
0.687
0.15 {M} [Us ()] + Ug(r)
K (22)

(pp — pr)glda(r)]’

=0
18u

—[1 = £ (&1 — €a)

Radial velocity distribution of catalyst particles

There simultaneously exist both upward and downward
particle flow, and core-annulus structure in riser reactor
which is consisted of core region with higher particle veloc-
ity and annulus region with lower particle velocity near the
wall. What’s more, Uy (r) is a function of /(r) and f{r), and
can be determined by the corresponding &(r).

R &e(r)

O @3)
1) _ pa—er) 4)
dp & — &

Stability condition of minimum energy for suspending and
transporting particles'”:

Ny (r) = min

One can obtain from theory of EMMS model:
& = 10, &0 = &mf

Uy(r) can be calculated out with D and &(r), hence, expres-
sion of Up(r) can be obtained.

1—e(r)
&(r)

Up(r) = 8[Ug(r) — Us(r)] (25)

Mass transfer coefficient

Mass transfer coefficient Kg is a basic parameter for mass
transfer process of gas—solid flow. By judging the mass
transfer rate, the control step for mass transfer process can
be asserted. Mass transfer coefficient at different scales in
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SRFCCG system, can be calculated with slip velocity using
the formulations proposed by Basu and Halder'®

_Ugd 0.5
Shy = 2& + 0.69 ﬁ] Sc03 (26)
L Vgl
_Us d 0.5
Shq = 2¢&4 + 0.69 %de] Sc03 (27)
L "g“
Us / 0.5
Shy = 26y + 0.69 | — 2| §c03 (28)
ve(1=1)
Ugmd 0.5
Shy = 2¢ + 0.69 {7"] Sc03 (29)
VgS

Relation of Sherwood number with mass transfer coeffi-
cient can be expressed as:

Sh=Kg - dy/Da (30)

Conversion between dilute and dense phase
at the meso-scale

Conversion between dilute and dense phase at the meso-
scale induced by coalescence and breakup of clusters main-
tains a constant frequency at stable state of the system. On
the basis of the force analysis for the process of catalyst par-
ticles being accelerated from dense phase to dilute phase,
Egs. 31 and 32 can be obtained according to Newton’s first
law. Fy,, Fy, Fy, F,, and o represent the resultant force, grav-
ity, buoyancy, drag force, and particle acceleration, respec-
tively. Integration of the acceleration is expressed as Eq. 33;
integration time is precisely half of the reunion-cycle time of
cluster coalescence and breakup.

Fn=Fy+F;—F, =mag A1)
dU
= — 32
a = (32)
Upi/(1-a) m 1
‘= v, = — (33)
/Upd/<1sd> Fo " of

Macro-scale subsystem

The uppermost problems need to be solved at the macro-
scale are the sudden change in degrees of freedom, the
multi-scale consistency, and the mechanism of multi-scale
coupling. Interactions occurring in different phases at differ-
ent scales co-lead to the heterogeneous and multi-scale struc-
tures of gas—solid two-phase flow, and the global stable state
at macro-scale of product distributions in riser reactor, which
is intrinsically formed by comprising of mechanism at differ-
ent scales. Finally, stable state of system is reached at the
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scale of overall riser reactor size with the effects of bound-
ary conditions and operating conditions.

Temperature profile of riser reactor

From the experimental operation, it can be known that the
riser reactor is adiabatic one, the vaporization of gasoline is
instantaneous, and all the heat needed for vaporizing gaso-
line and secondary reactions in the riser reactor are provided
by the regenerated catalysts with high-temperature. On the
basis of these considerations, the energy balance (Eq. 34)
derived from expressions proposed by Moustafa and Fro-
ment®® thus can be used. Reactor temperature profile along
with the riser height can be obtained by solving the Eq. 34
with the following boundary conditions: at z = 0, C; = Cjo;
C.=Ce; T =T,

(myCpy + m,Cp,) Z—Z = Z Z ps(—AH), rij(1 — &(z))

(34

Solution with respect to the lump concentration

Because of the heterogeneous flow structure constituting
of gas and catalyst particles, dilute phase and dense phase,
vapor mass rate in dilute phase can be written as:

Gy = pUg (35)
Vapor mass rate in dense phase can be expressed as:
Gvd = ,(JUgd (36)

Following equations can be obtained from reformulating
Egs. 4, 34, and 35.
For dilute phase

dai o (Pp
Uglg = —Kjaﬂ <?1 (37)

P .

- Kjaﬂ?f = Kga(l —&)(1 —f)(ap — ajs)+

Konfa' bap — ajs) + Kemmfba(ay — a) + kfda (aja — ay)
(38)

For dense phase

dajd / ,Op
Ugd I = —K]ajd (g (39)

’ p !
— I(jajd?:) = gda(l — Sd)(ajd — ajs) + kfda ((lj] — ajd) (40)
With

D
k= 24)20 (41)
Tt

= (42)

=

& &4
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Table 1. Expressions of Secondary Reactions Kinetic
Parameters

k :f(T)’ m3/gca] N

kap.go = exp(2.4664—2830/T)
kcppc = exp(4.3282—4329/T)
kGO.GP = exp(2056571775/T)
kGO,LCO = exp(07626—1221/T)
kcopc = exp(3.2172—-3169/T)
kongo = exp(0.6411—-867/T)
konLco = exp(6.4059—6720/T)
konpe = exp(4.7073—-5235/T)
kaa.an = exp(—1.7427—1865/T)
kGa.coke = exp(0.3454—1607/T)
kico.coxke = exp(1.7184—3126/T)
kcpLpc = exp(1.6540—1888/T)
kap.coke = exp(4.3775—4920/T)
kco.gn = exp(1.3698—1096/T)
kGO.LPG = exp(2366571574/7)
kGO,COKE = CXp(51227—4975/D
kaonga = exp(1.8989—1894/T)
konpg = exp(1.4000—1795/T)
kan.coke = exp(3.8854—3801/T)
kGA,LCO = exp(18889—3786/T)
kip pc = exp(—0.0837—1974/T)

For j lump at the outlet

Ajout = (1 _f) * djlout +f * djdout (43)

Solution scheme of the multi-scale model

Data used for calculation in this work: diameter of catalyst
particle is 60 um, interfacial area of catalyst particle is 98 m?/
g, and particle density is 840 kg/m®. Viscosity is 3.0 x 107>
Pa s, kinematic viscosity is 1.6 x 107 mz/s, minimum fluid-
ized voidage is 0.4, maximum voidage is 0.9997, initial flow
speed is 2.0 m/s, recycling catalyst mass rate is 60 kg/m? s, dif-
fusion coefficient is 1.71 x 107> m?2/s, reaction rates of
secondary reactions for catalytically cracking gasoline can be
calculated by following expressions'® shown in Table 1.
Framework for multi-scale model solution is given in Figure 1.

As shown in Figure 1, the axial distribution of voidage
can be obtained first by jointly solving Eqs. 5 and 12 with
given conditions; radial distribution of fluid velocity can be
calculated by Eq. 15; volume faction of dense phase can be
obtained by solving Eq. 23; I(r), Uy(r), Uy(r), Uxq(r), and
Ugi(r) can be obtained by jointly solving of Egs. 20, 21, 22,
24, and 25. Hence, mass transfer coefficient can be calcu-
lated by Eqs. 26-30 and slip velocity. Finally, lump concen-
tration at reactor outlet can be obtained by the simultaneous
solution of Eqs. 34-43.

The proposed model is solved with the software of
EQUATRAN-G developed by Omega Simulation, (OSC),
Japan. This software has been successfully used to solve the
problems in heat and mass transfer, fluid and particle dynam-
ics, kinetics and reactors, and so on.?!"??

Results and Discussion
Axial distribution of voidage

The axial voidage profile in riser reactor is plotted in
Figure 2. It is shown that the voidage smoothly increases in
low section, then sharply increases from 4.5 to 6.0 m, finally
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Input
known conditions

Calculate the voidage distribution

v

Calculate distributions of particle gas
and slip velocities

v

Calculate mass transfer coefficient

v

Calculate product distribution

Output
calculation results

Figure 1. Flowchart of the multi-scale model solution.

keeps almost constant at the top section with the increasing
riser reactor height. Reason involved here is that recycling
catalyst particles near the riser inlet, the gravitational effect
of particle, and the backmixing particle co-lead to the lower
denser section and the upper dilute section. The axial voi-
dage profile provides the evidence that there exists S-shaped
axial voidage profile consisting of a dense bottom and
dilute-phase at the top bridged by a transition section in the
middle of riser reactor, which is well fit with the characteris-
tic of fast fluidized bed.

Radial distribution of voidage

Figure 3 shows the radial voidage distribution in riser re-
actor. The maximum voidage exists in the reactor center and
maintains nearly unchanged in the core region, and then
sharply decreases near the wall in each cross-section. Addi-
tionally, the descending rate of voidage near the wall goes
up with the increasing height. It is because the core-annulus
structure consisted with a high gas velocity core-dilute
region and a low gas velocity annulus-dense region. What’s
more, with the rising height, the averaged cross-section voi-
dage increases and the transition point is much closer to the
wall. It is suggested that the upper section become more
dilute and the annulus region become thinner from inlet to
outlet.

Distribution of slip velocity

Slip velocity distribution is given in Figure 4. As shown
in this figure, slip velocity maintains unchanged in the cen-
ter, and then sharply increases near the wall at each
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Figure 2. Axial distribution of voidage.

elevations of the riser reactor. Additionally, slip velocity
increases with the rising reactor height. This is because that
slip velocity is induced by the interaction between gas and
particle, while relatively faint interactions in core dilute sec-
tion and upper dilute section would lead to low slip velocity,
relatively intense interactions in annulus dense section and
lower dense section would result in high slip velocity.
Hence, the intensity of the interaction between gas phase
and solid phase can be authentically reflected by the local
slip velocity rather than global superficial slip velocity.

Distribution of inhomogeneous coefficient

The inhomogeneous coefficient here is the ratio of equiva-
lent cluster diameter to particle diameter, that is, K(r) = l/d,,.
It can be used to estimate the level of radial heterogeneity
and reflect the intensity level of coalescence and breakup of
clusters. As shown in Figure 5, inhomogeneous coefficient
keeps almost constant in the center and sharply increases
towards the wall in each cross-section, the averaged inhomo-
geneous coefficient decreases with the increasing height.
One implied the phenomenon is that annulus region is more
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Figure 3. Radial distribution of voidage.
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Figure 4. Distribution of slip velocity.

complex and more heterogeneous than core region. The rea-
son involved here may be that the dilute phase with fewer
particles is controlled by the gas flow, which thus leads to
fewer clusters and more uniform distribution in the core
region and the upper section. While the denser phase is con-
trolled by the jumbled particles, the intense contact of par-
ticles, coalescence and breakup of clusters, which leads to
more inhomogeneous distribution in the annulus region and
the lower section.

Distribution of energy consumption for suspending
and transporting

Distribution of energy consumption for suspending and
transporting with respect to unit mass of particles (Ny) is
plotted in Figure 6. As shown in this figure, Ny smoothly
decreases in the center and then sharply decreases near the
wall in each cross-section. Ny, is relatively small in the upper
section of reactor, and much bigger in the lower section of
reactor. It is because the energy consumption for suspending
and transporting is proportional to the particle density at the
corresponding location. Additionally, there are two transi-
tional points, one is the height of 4.5 m, which is the critical
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Figure 5. Distribution of inhomogeneous coefficient.
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Figure 6. Distribution of energy consumption for
suspending and transporting.

point from dense section to transitional section, and the other
is the height of 6 m, which is the critical point from the
transitional section to the dilute section.

Axial distribution of mass transfer coefficient

Axial distributions of mass transfer coefficient in dilute
phase and dense phase, the inter-phase between dilute phase
and clusters, and the inter-phase between dilute phase and
dynamic clusters are shown in Figures 7-10, respectively.

As shown in these four figures, it can be found that mass
transfer coefficients at different scales have the similar
changing trend, which is the mass transfer coefficient ini-
tially keeps a larger constant, and then dramatically
decreases, finally maintains a smaller constant with the
increasing riser reactor height. Situation here is induced by
the heterogeneous and dissipative structure of the gas—solid
two-phase flow in the corresponding sections. What’s more,
sudden change in mass transfer coefficient may be attributed
to the sharp increase of slip velocity and dramatic decrease
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Figure 7. Axial distribution of mass transfer coefficient
in dilute phase.
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of voidage in the middle transitional section. Additionally, it
can be noted that transitional section is approximately from
4.5 to 6 m. Because of the relatively high slip velocity
between the fluid in dilute phase and clusters, as shown in
Figure 9, mass transfer coefficient in inter-phase between
dilute phase and clusters is larger than the other three mass
transfer coefficients in the orders of magnitude, indicating
that the overall mass transfer is dominated by the mass
transfer between clusters and dilute-phase.

Verification of the model

The feedstocks, three samples of catalytically cracked gas-
oline used in this work, were taken from the industrial FCC
units of China. Their properties’ are shown in Table 2.

Operating conditions for five runs are given in Table 32324

Verification of the proposed model has been carried out
by comparing the computed results with experimental data
from different feedstocks under a wide range of reaction
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Figure 9. Axial distribution of mass transfer coefficient
in the interphase between clusters and dilute
phase.
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Figure 10. Axial distribution of mass transfer coeffi-
cient in the interphase between fluid in
dilute phase and dynamic clusters.

conditions. These results are shown in Tables 4-8, respec-
tively.

Table 4 shows the results for Run 1. The yield of gasoline
calculated from the total yields of GP, GO, GN, and GA is
58.6%, with the relative error of 2.39%. The main conver-
sions are cracking of paraffins and severe cracking of olefins,
together with the production of aromatics, while naphthenes
are much less converted. As the key lumps of the secondary
reactions system, olefins (GO) are sharply reduced by 37.8%
and LPG is significantly produced with the yield of 27.0%.

As shown in Table 5, gasoline yield in Run 2 is 75.0%,
conversions are mainly taken place in the reactions related
to olefins reduction and LPG production, while naphthenes
are less converted, and the undesired products of DG and
COKE are also less produced. Olefins are reduced by 25.5%,
and the yield of LPG is 16.3%.

Table 6 shows the results of Run 3. In this case, gasoline
yield is 65.8%, olefins are decreased by 26.5%, LPG yield is
23.1%, and aromatics are increased by 4.97%, while paraf-
fins and naphthenes undergo slightly high conversion.

Results of Run 4 are shown in Table 7. The yield of gaso-
line is 68.1%, olefins are decreased by 31.4% due to the
severe cracking of olefins, the cracking of paraffins and the
production of aromatics are main conversion, while naph-
thenes are much less converted. The low temperature and
high catalyst to oil ratio here lead to the low DG yield of
1.36% and the relatively high LPG yield of 21.0%.

Table 2. Properties of the Feedstocks

Feed Samples 1#Feed 2#Feed 3#Feed
Boiling range, K 305451 310-459 312439
Density at 293K, kg/m* 708.4 732.4 705.8
Sulfur, ug/g 380 1427 288
Octane number, RON 90.6 91.3 90.5
Paraffins, vol % 34.3 30.7 36.1
Olefins, vol % 44.5 41.8 35.2
Naphthenes, vol % 7.4 9.4 13.7
Aromatics, vol % 13.8 18.1 15.0

Table 3. Operating Conditions for 5 Runs

Items Runl Run2 Run3 Run4 RunS5

Feedstocks 1#Feed 2#Feed 3#Feed I#Feed 2#Feed
Reaction pressure, MPa 1.13 1.13 1.13 1.13 1.13
Reaction temperature, K~ 853 823 873 793 893
Vapor residence time, s 3.71 2.06 1.81 2.12 3.38
Catalyst to oil ratio 7.80 8.20 13.4 12.6 7.80

Table 8 gives the results for Run 5. Gasoline yield is
55.5%, olefins are greatly reduced by 36.7%, and LPG is
significantly produced with the yield of 27.3%, while
byproducts of DG and COKE are produced in 4.17% and
7.00%, respectively. The reason involved here is the high
temperature and long residence time can promote the deep
cracking of olefins and paraffins into low-molecular
products.

From five sets of comparisons, it can be known that the
computed results obtained from the multi-scale model agree
well with the experimental data. The relative errors between
experimental and calculated data are smaller than 7.5%,
except for those of COKE. It is evidential that the proposed
model is well constructed and is able to predict the P-O-N-A
composition of gasoline from SRFCCG system under a wide
range of operational conditions.

These results also suggest that the gasoline yield and the
product distribution can be significantly affected by the prop-
erties of feedstocks and the reaction conditions such as reac-
tion temperature, catalyst to oil ratio, vapor residence time.
For example, higher temperature leads to the increase of
LPG, DG, and the decrease in GO and gasoline yield. On
the other hand, high gasoline yield and low olefins conver-
sion are attributed to the relatively low temperature and short
vapor residence time.

It should be noted that the olefins content in the upgrading
gasoline can be reduced less than 18 vol % after secondary
reactions, which enables the engine emission meet the EU
IV emission standards and the new gasoline standard of
DB11/238 in Beijing, China.

Prediction of product distribution

On the basis of the reliability of this model and the con-
sistency of the simulation results with experimental data,
another exercise has been preformed using another set of

Table 4. Comparison Between Computed Results and
Experimental Data for Run 1

b Com.

Results Relative
Items Inlet Outlet Outlet Error
GO, wt % 44.5 6.69 7.18 7.32%
GP, wt % 34.3 23.6 24.0 1.67%
GN, wt % 7.40 6.52 6.66 2.14%
GA, wt % 13.8 21.8 222 1.83%
LPG, wt % 0 27.0 28.3 4.78%
DG, wt % 0 4.12 4.37 6.07%
LCO, wt % 0 5.13 4.96 —3.31%
COKE, 0 4.93 2.75 —44.2%
wt %
Yield of 58.6% 60.0% 2.39%
Gasoline
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Table 5. Comparison Between Computed Results and
Experimental Data for Run 2

Table 7. Comparison Between Computed Results and
Experimental Data for Run 4

Comp. Comp.

Exp. Data Resuﬁs Exp. Data Resuﬁs
Items Inlet Outlet Outlet Relative Error Items Inlet Outlet Outlet Relative Error
GO, wt % 41.8 16.3 16.5 1.23% GO, wt % 44.5 13.1 13.3 1.83%
GP, wt % 30.7 25.6 25.7 0.39% GP, wt % 343 27.2 27.7 1.92%
GN, wt % 9.40 10.0 10.1 0.80% GN, wt % 7.40 7.89 8.09 2.53%
GA, wt % 18.1 23.1 233 0.87% GA, wt % 13.8 19.9 20.2 5.09%
LPG, wt % 0 16.3 16.8 2.94% LPG, wt % 0 21.0 22.1 5.20%
DG, wt % 0 1.61 1.68 4.35% DG, wt % 0 1.36 1.45 6.62%
LCO, wt % 0 4.66 4.46 —4.29% LCO, wt % 0 5.17 5.03 —2.71%
COKE, wt % 0 2.20 1.45 —34.1% COKE, wt % 0 3.92 2.10 —46.4%
Yield of Gasoline 75.0% 75.6% 0.8% Yield of Gasoline 68.1% 69.3% 1.76%

data (3#Feed, P = 1.13 MPa, T = 823 K, t, = 3.54 s, Cata-
lyst to oil ratio = 12.5) to simulate the lump concentration
profile along with the riser height. Concentration variation of
each lump for SRFCCG in riser reactor is plotted in Figure
11 where the experimental data is represented by the scat-
tered points with the same symbols as the predicted results.

As shown, with the increase of riser reactor height, GP
lump and GN lump first decrease rapidly and then keep
decreasing slowly, whilst GO lump keeps reducing at a rela-
tively high speed, while the LPG lump increases fast and
finally reaches a larger concentration, when it comes to the
other four lumps, they all keep increasing at a slow rate.
Comparison of lump concentration at the riser reactor outlet
shows predicted results agree with experimental data with
acceptable accuracy, which indicates that simulation exercise
is successful.

Because of the high activity of olefins, secondary reac-
tions, such as alkylation, aromatization, etc., are easily taken
place on GO to convert it into GA, LPG, and other lumps,
leading to relatively fast decrease in GO and the increase of
product lumps. Similarly, the decreases of GP and GN are
attributed to their conversion into other lumps but with a rel-
atively slow rate. Moreover, change in lumps concentration
is proportional with their corresponding reaction rate. Since
the stability of GA, secondary reactions are hardly taken
place on it, which thus leads smooth change in the GA con-
centration. When it comes to the key production of LPG, the
fast increase in LPG is due to the higher content of GA,

Table 6. Comparison Between Computed Results and
Experimental Data for Run 3

GO, GN, and GP lumps are all easily converted into LPG.
GA, GO, GN, GP, and LCO can be converted into DG and
COKE, however, DG and COKE aren’t consumed during the
secondary reaction process. That is the reason why they
keep increasing. The low increasing rate of DG and COKE
is due to the control of reaction conditions.

Prediction of temperature distribution

Figure 12 gives the axial temperature profile of reactor
along the riser height. As shown in this Figure, reactor tem-
perature deceases sharply in the bottom region and slightly
in the upper section. Sharp decreasing of temperature in the
bottom zone is caused by large heat requirement of feed-
stock vaporizing at the riser inlet, and the endothermic sec-
ondary reactions on high-activity regenerated catalysts would
further lower the reactor temperature. The predicted tempera-
ture at reactor outlet is consistent with the experimental one,
which further demonstrates our simulation is successful. The
trend of the predicted axial temperature profile is similar to
the reported ones for commercial riser reactors.' >

Conclusions

A new multi-scale model has been performed to simulate
the heat transfer, mass transfer, momentum transfer, fluid
flow with reactions together at different spatiotemporal
scales of riser reactor for SRFCCG process. Multi-scale
modeling method and multi-domain strategy have been suc-
cessfully used to construct and integrate subscale models.

Table 8. Comparison Between Computed Results and
Experimental Data for Run 5

Comp. Comp.

_Bw.Dat g _Bxp.Daw poli
Items Inlet Outlet Outlet Relative Error Items Inlet Outlet Outlet Relative Error
GO, wt % 35.2 8.70 8.67 —0.35% GO, wt % 41.8 5.06 5.14 1.58%
GP, wt % 36.1 26.0 25.9 —0.38% GP, wt % 30.7 19.9 20.2 1.51%
GN, wt % 13.7 7.53 7.65 1.59% GN, wt % 9.40 6.28 6.39 1.75%
GA, wt % 15.0 23.6 22.9 —2.97% GA, wt % 18.1 24.3 24.8 2.06%
LPG, wt % 0 23.1 23.6 2.07% LPG, wt % 0 27.3 28.3 3.66%
DG, wt % 0 4.62 4.76 3.03% DG, wt % 0 7.00 7.35 5.00%
LCO, wt % 0 4.52 4.34 —3.98% LCO, wt % 0 5.15 5.04 —2.14%
COKE, wt % 0 3.25 2.13 —34.5% COKE, wt % 0 4.17 2.81 —32.6%
Yield of Gasoline 65.8% 65.1% —1.06% Yield of Gasoline 55.5% 56.5% 1.80%
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Figure 11. Lump concentration profile along with the
riser reactor height.

Deeper insights of the mechanism details of SRFCCG
have been obtained by simulation, such as the heterogeneous
structures of fluid flow are caused by complex interaction
between gas, particles, and clusters, which play a vital role
in inhomogeneous level of the system; the transitional sec-
tion is approximately from 4.5 to 6 m; and the mass transfer
of the system has great effects on the secondary reactions,
and it is dominated by mass transfer between clusters and
dilute-phase.

Simulation results agree well with the experimental data
for various cases. It is concluded that the current model is
capable of predicting the heterogeneous structures of multi-
phase flow at the meso-scale, the reactor temperature profile
and product distributions at the macro-scale of riser reactor
for SRFCCG. It is also demonstrated that the multi-scale is
well constructed and simulation exercise is successful, the
multi-scale method can be served as a powerful modeling
method for complex reaction system.
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Figure 12. Axial temperature profile of the riser reactor.
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Notation

Ar = Archimedes number
b = volume fraction of cluster, dimensionless
Cp, = specific heat capacity of the gas phase, kcal/kg-K
Cp,, = specific heat capacity of the particle phase, kcal/kg-K
dp = particle diameter, m
D,, = effective diffusion coefficient, m>/s
Dy = cluster diameter, m
f = volume fraction of dense phase
g = gravity acceleration, m/s
G, = gas flow rate, g/cm*h
/A\H = reaction enthalpy, kJ/kmol
k = volume faction of active component, dimensionless
K = inhomogeneous coefficient, dimensionless
K = reaction rate constants of j lump, m*/g-s
| = equivalent diameter of cluster, m
m = mass of single particle, kg
m,, = total mass flow rate of particle phase, kg/s
mg = total mass flow of gas phase, kg/s
Ny = energy consumption on suspending and transporting with respect
to unit mass of particles, J/kg-s
r = radial distance, m
r; = reaction rates of j lump, mol/cm®-h
R = pipe radius, m
Re = Reynolds number, dimensionless
Sh = Sherwood number, dimensionless
Sc¢ = Schmidt number, dimensionless
t = time, s
T = riser reactor temperature, K
U = superficial velocity, m/s
z = height coordinate with zero point at the bed bottom, m
zo = characteristic length for axial voidage profile, m

Greek letters

o = specific surface area of particles, m*/m’
o; = concentration of j lump in gas, mol/g

. 3
o = specific surface area of clusters, m>?/m
€

: = voidage, dimensionless
= dimensionless radius
1 = viscosity, Pa-s
p = density, kg/m®
v = kinematic viscosity, m?/s

Subscripts

= inter-phase between fluid in dilute phase and cluster
dense phase

fluid

gas

inter phase between dense and dilute phase

dilute phase

= inter-phase between fluid in dilute phase and dynamic cluster
minimum fluidization

= center of the rising reactor

= particle

= slip velocity

= wall

imwoa5—~.m - e o
|
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